Autocatalytic Oxidation of Cyclohexane—
Mass Transfer and Chemical Reaction

In an industrial gas-liquid reactor both mass transfer and kinetics
have, in principle, a role to play. This paper describes studies on the
oxidation of cyclohexane in two-phase, gas-liquid reactors. Regimes of
absorption have been clarified by measurements of dissolved oxygen
concentrations. The behavior is found to be complex, arising from the
fact that the reaction is autocatalytic, and zero order in oxygen over
almost the entire absorption range. As reaction velocity increases, due
to the autocatalytic kinetics, enhanced physical mass transfer rates
arise. Bubble swarms have properties that prevent the simple applica-
tion of mass transfer and enhancement from flat-surface systems. A the-
ory is developed here that accounts qualitatively for the enhancement
found in bubble swarms in the present case. The theory is also shown to
predict quantitatively the appropriate physical mass transfer coeffi-

A. K. Suresh, T. Sridhar,

O. E. Potter

Department of Chemical Engineering
Monash University

Clayton, Victoria 3168, Australia

cients.

Introduction

In an industrial gas-liquid oxidation reactor, both mass trans-
fer and kinetics have a role to play, since the oxygen from the gas
phase has to be transported to the site of reaction in the liquid.
This paper describes studies on the oxidation of cyclohexane in
two-phase (gas-liquid) reactors. In such studies, proper inter-
pretation of the absorption rates relies crucially on establishing
the regime of absorption. The measurement of the dissolved gas
concentration during reaction provides a direct means of doing
this and has been used in the present work to identify the absorp-
tion regimes. Such a procedure avoids the pitfalls in estimating
the relative rates of mass transfer and chemical reaction
through correlations (of sometimes dubious accuracy). The
reactors used in the experimental studies have been described by
Suresh et al. (1987a). In particular, the sparged and agitated
stirred-tank reactor is in many ways representative of the con-
tacting conditions in an industrial oxidation reactor. This paper
describes the general features of a batch oxidation in the gas-
liquid mode, such that in the one experiment the system is ini-
tially kinetically controlled and then becomes controlled by
physical mass transfer, and may then become controlled by
enhancement of mass transfer due to chemical reaction in the
film.
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Experimental Procedure

The stirred-tank reactor (STR) and the flat interface reactor
(FIR), their operating procedures, and the associated monitor-
ing systems and analysis procedures have been detailed by Sur-
esh et al. (1987a). An operating pressure of 12-13 bar was used
in all the experiments. The usual start-up procedure was to
establish steady conditions of temperature, pressure, and liquid
level with nitrogen flowing through the equipment at the
required superficial velocity, and then change over to the appro-
priate oxygen-nitrogen mixture. Different inlet oxygen levels
were used in the STR, while a premixed gas mixture containing
4% oxygen in nitrogen was used in all the experiments in the
FIR. The course of the reaction was followed by continuously
monitoring the oxygen content in the gases leaving the reactor
(in the STR, the oxygen content of the exhaust gases was also
continuously followed to provide a second check on the absorp-
tion rates) and by determining the dissolved oxygen concentra-
tion in the reactor as a function of time. Samples were with-
drawn from the reactor and stored. The reactor temperature was
continuously recorded and the reactor level and the stirrer speed
were maintained constant throughout the experiments.

Analytical grade cyclohexane was used in all the experiments.
The induction periods proved difficult to reproduce exactly
unless the reactors were physically taken apart and thoroughly
cleaned. Fortunately, the need for this did not arise too frequent-
ly, since an exact reproduction of the induction period was not
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critical. Different induction periods only meant that the dif-
ferent experiments could not be compared on the basis of batch
time. They could, however, be compared on the basis of conver-
sions.

The absorption rates in the sparged reactor were measured at
the exit of the reactor as well as at the exhaust (using oxygen
probes), and also checked from time to time by analyzing the
gases leaving the reactor for oxygen on a gas chromatograph fit-
ted with an electron capture detector. The oxygen measure-
ments at the exhaust had to be corrected for time lags, in view of
the considerable volume between the reactor and the sampling
point and the time-varying nature of the absorption rates in this
system. The three determinations usually gave results close to
each other, as shown by Figure 1. The agreement between the
rates measured, at the exit of the reactor and at the exhaust,
shows that reaction downstream of the reactor is negligible.

General Features of the Batch Oxidation

Since the reaction is one that starts off at almost zero velocity
(during the induction period) and speeds up with time as the
reaction products accumulate, one might in general expect the
absorption rates also to vary in the same manner. The general
features of a batch oxidation, under the conditions of high mass
transfer rates that typically obtain in bubbling agitated contac-
tors, are best illustrated by the results of a typical experiment at
423 K in the STR. Figure 1 shows the absorption rate and dis-
solved oxygen concentrations measured during an experiment
carried out in the STR with 2.9% oxygen at the reactor inlet.
Immediately after oxygen is admitted into the reactor, there is a
brief period (about 0.5 min) of physical absorption during which
the dissolved oxygen concentration increases and absorption
rate decreases (this period is not shown in the figure). Absorp-
tion ceases when the liquid becomes saturated with oxygen at
the prevailing partial pressure. Then follows the induction peri-
od, with the liquid remaining saturated and the absorption rate
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Figure 1. Variation of dissolved oxygen and absorption

rate in a stirred-tank reactor at 423 K.
P, = 0.36 bar; U = 0.92 x 10" m/s; RPS = 16.1
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being too small to be measurable. Induction periods at 423 K
were typically of about 20-30 min duration. As the free radicals
accumulate, the reaction velocity begins to increase and this is
indicated by decreasing dissolved oxygen concentrations and
increasing absorption rates. This is the slow reaction regime,
with the reaction not being fast enough to take place appreciably
in the diffusion film, and virtually all the oxygen that is
absorbed getting through the bulk of the liquid. Due to autoca-
talysis, the absorption rate increases continuously with time,
and to accommodate the increasing absorption rates, the dis-
solved oxygen concentration decreases, as shown by the data in
Figure 1, ultimately falling to negligible levels. The rate of oxy-
gen absorption increases more slowly than before as the dis-
solved oxygen concentration approaches zero and shows a ten-
dency to become diffusion-limited. Hydrocarbon oxidations,
which are normally zero order in oxygen, are expected to
become first order in oxygen at sufficiently small oxygen levels,
and the tail in the dissolved oxygen curve as it approaches zero
asymptotically is indicative of such a transition. In a number of
cases, the dissolved oxygen concentration showed a tendency to
oscillate in this region before ultimately decreasing to zero. At
larger times, depending on the oxygen partial pressure, the con-
tacting conditions, and the temperature, a second period of
increasing absorption rate was sometimes observed.

Not all the experiments exhibited all the features shown in
Figure 1. For example, in the experiments at 413 K, the concen-
tration of dissolved oxygen in the bulk did not decrease to zero,
because of the smaller kinetic rates. At 423 K, the region of
mass transfer enhancements was only observed when the partial
pressures were low.

Since the fact that the dissolved oxygen concentration de-
creases 1o zero must mean that mass transfer can no longer keep
up with the intrinsic reaction rate beyond a certain conversion,
the absorption data at higher conversions should be considered
to be influenced by mass transfer limitations. One cannot, there-
fore, realize true kinetic rates when the dissolved oxygen analy-
sis shows zero oxygen in the bulk liquid. Thus again, the
measurement of dissolved oxygen concentrations provides direct
evidence for the existence of mass transfer limitations.

With the dissolved oxygen at negligible levels, the mass trans-
fer coefficient can be calculated from the rate of absorption and
the partial pressure of oxygen at the exit of the reactor, if the gas
and liquid phases can be assumed to be well mixed. The volu-
metric mass transfer coefficients so calculated at about the time
dissolved oxygen goes to zero agree fairly well with the values of
the physical k;a obtained by other methods (Suresh et al.,
1987a). However, in the period of increasing rates that some-
times followed the slow reaction regime, volumetric mass trans-
fer coefficients increased much beyond this value. This suggests
a modification of the concentration profile of oxygen close to the
interface, as would happen if the reaction were to occur to a sig-
nificant extent within the diffusion film.

Because of the small interfacial areas, the flat interface reac-
tor represents a case of oxidation under small mass transfer
rates. Oxidation experiments in the FIR showed the same gen-
eral features as shown by the stirred-tank reactor, but there
were important differences. The initial period of induction and
slow reaction regime was very short lived; on the admission of
the oxygen-nitrogen mixture into the reactor, the dissolved oxy-
gen concentration started to increase, and then immediately
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declined (without achieving saturation), quickly decreasing to
zero. A prolonged diffusional regime followed, with the absorp-
tion rates remaining constant and the dissolved oxygen concen-
tration remaining at zero. Mass transfer enhancements were
never actually observed, even after prolonged reaction periods of
15-20 h at 433-436 K.

Development of product concentration with time

The results of chemical analysis for the experiment at 423 K
in the STR are shown in Figure 2. The time at which dissolved
oxygen goes to zero is shown in the figure. It is seen that the
cyclohexane conversion data in the slow reaction regime foilow a
straight line on semilogarithmic coordinates. After dissolved
oxygen goes to zero, however, a decrease in kinetic rates is
seen.

The concentrations of cyclohexanol + hydroperoxide (OL +
HP) and cyclohexanone (ONE) are also shown as a function of
time in Figure 2. Except at small times (when the hydroperoxide
levels are probably high), the concentration of ONE is higher
than OL + HP. After an initial period in which the ketone con-
centrations follow a line of higher slope than total conversions of
OL + HP, the slopes of all three lines are similar, as was found
in the data from the batch microautoclaves. In experiments with
an extended period of slow reaction, the lines were parallel over
most of the duration of this regime.

The development of OL + HP, ONE, and adipic acid with
time at 423 K is shown on arithmetic coordinates in Figure 3.
Adipic acid is a secondary product of the oxidation and hence
forms only at later stages of the oxidation. However, most of
these samples were taken after the dissolved oxygen in the bulk
liquid had disappeared and when mass transfer enhancements
were being observed. The rapid buildup of adipic acid at later
stages therefore could well be a consequence of mass transfer
limitations. Both Figures 2 and 3 do show that when dissolved
oxygen is absent in the liquid bulk, the concentration of the
intermediates increases at smaller rates than before.

The development of the concentrations of OL + HP and
ONE in the FIR is shown in Figure 4, and is representative of
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Figure 2. Conversion to total products and intermediates
at 423 K run as Figure 1.

—ONE = cyclohexane; —OL = cyclohexanol; HP ~ hydroperox-
ide
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Figure 3. Build-up of intermediates and adipic acid at 423
K in stirred-tank reactor.
P, = 033 bar; U; = 0.9 x 1072 m/s; RPS = 16.6

the kinetics in the diffusional regime. The stirrer speeds used are
indicated. Although the mass transfer coefficient in the FIR is
nearly proportional to the stirrer speed, the variation of the
absorption rate is less than proportional to the variation in stir-
ring speed, since a decrease in the absorption rate means an
increase in the partial pressure of oxygen at the exit, (and vice
versa), and this change in the driving force acts against the
change in k;. The concentrations of OL + HP are seen to be
higher than those of ONE at all times by a factor of about 2, in
striking contrast to the STR data discussed earlier. During the
diffusional regime the reaction occurs in the bulk of the liquid,
but takes place at negligible oxygen levels and hence under con-
ditions of first-order kinetics in oxygen. The results show, there-
fore, that production and consumption of intermediates proceed
by different routes under conditions of zero-order and first-
order kinetics. Since product distributions in the STR are deter-
mined by the fairly long initial period in which the dissolved oxy-
gen levels were high enough to ensure zero-order kinetics, the
product distributions from the STR and the FIR cannot be com-
pared. These results indicate that the different results seen in
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Figure 4. Build-up of total products and intermediates in
flat interface reactor at 433 K.
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the literature on the ratio of OL to ONE in the cyclohexane oxi-
date could well have resulted from different regimes of absorp-
tion being in operation.

Reproducibility of Absorption Rates and
Dissolved Oxygen Levels in the STR

Figure 5 shows the variation of absorption rate and dissolved
oxygen concentration with time in two experiments at 430 K
conducted under almost identical conditions. The small differ-
ences can easily be explained by slight differences in the induc-
tion times, liquid level, and temperature through the experi-
ments. Under the conditions of these experiments, oscillations in
dissolved oxygen concentration at low concentrations were quite
pronounced. The fact that oscillations occur at about the same
time, conversion, and dissolved oxygen concentration in the two
cases suggests that the oscillations are real and not some random
fluctuations in the measurements.

The reproducibility of the results of chemical analysis in these
two experiments is shown in Figure 6 and is seen to be satisfacto-
ry. The curves exhibit all the general features discussed in the
previous section.

Mass Transfer with Chemical Reaction

The foregoing results indicate that in a typical experiment,
there is a range of conversions where the dissolved oxygen con-
centration is zero, but the absorption rate keeps increasing. The
rate of absorption is higher than the physical mass transfer rate
at the same driving force and it is to be suspected that the con-
centration profile of oxygen in the vicinity of the gas-liquid
interface is being modified by chemical reaction. Under such
circumstances, diffusion and reaction can no longer be consid-
ered as processes occurring in series, but must be considered as
occurring simultaneously. Film and penetration models have
been traditionally used to analyze these situations, and in most
cases lead to similar results (Astarita, 1967; Danckwerts, 1970).
Mass transfer accompanied by an autocatalytic reaction of the
first order (with respect to the dissolving gas) has been analyzed
using both these models (Sim and Mann, 1975; Flores-Fernan-
dez and Mann, 1978). It has been shown in these studies that
enhancement factors in such cases can be much higher than in
the case of nonautocatalytic reactions. In this paper, the film
theory will be used to analyze the effect of chemical reaction on
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Figure 5. Reproducibility of stirred-tank reactor experi-
ments.

Variation of dissolved oxygen concentration and absorption rate
with time; temp. = 430 K
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Figure 6. Reproducibility of stirred-tank reactor experi-
ments.
Results of chemical analysis; temp. = 430 K

mass transfer in the oxidation of cyclohexane, using the kinetic
model for the reaction developed elsewhere (Suresh et al.,
1987b). The equations are solved for the cases of the reaction
being partly or wholly in the diffusion film. Considerable simpli-
fication of the analysis and equations results when the concen-
tration and the diffusivity of the products are sufficiently high
for concentration profiles of products in the film to be neglected,
leading to a pseudozero-order regime.

Theory of kinetically enhanced mass transfer
coefficients

Although it has been shown that the kinetics become first
order in oxygen at sufficiently small concentrations of oxygen,
the concentration of oxygen close to the interface, and hence in
most of the diffusion film, will be much higher than in the bulk.
Therefore, the kinetics will be considered to be zero order in oxy-
gen in the film theory equations.

The diffusion plus reaction equations in the film, in terms of
the reaction scheme presented by Suresh et al. (1987b), can be
written as:

Oxygen

d,
D— dx 2 = (ko iCpy + kopch ) H (c,) )

Reaction products

d?cp,
D, dx‘; = (—kgycp) Hc,) )

with the initial and boundary conditions

de
and Zfx_g (3)

atx =0,¢, = c*
° dx
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atx =0,¢,=cy

and cp =, 4)

These equations assume that the quasi-steady state assump-
tions, as regards free radical concentrations, made in deriving
the kinetic expressions are satisfied at every point in the film.
The function H(c,) on the righthand side of Egs. 1 and 2 is the
unit step function,

H(c,)=1forc,>0

= 0 otherwise

and expresses the fact that the reaction cannot proceed in the
absence of oxygen. Equation 3 states that equilibrium is
achieved at the gas-liquid interface, and that the products do not
transfer across the interface. The boundary condition, Eq. 4, has
received some attention in the literature. An alternative
boundary condition that is preferred by some authors (Darde et
al., 1983; Haynes, 1983; and others) is an oxygen filux balance at
the film-buik interface:

d
_aD_.Eg

| s)

= Fpuix
-

where 7,,;; is the reaction rate of oxygen in the bulk. If Eq. 4 is
used, the absorption rate is a function of ¢;, and variation of ¢,
with time has to be obtained by way of a separate material bal-
ance on the liquid phase in the reactor. Equation S eliminates
the need for this, and transition from one regime to the next
comes about naturally as the reaction rates get faster and the
dissolved gas concentration smaller. A pseudosteady-state as-
sumption is implicit in both cases, since the initial and boundary
conditions, which are in reality functions of time, have been
regarded as constants in the film theory formulation.

Astarita (1967) has shown that for physically realistic values
of the interfacial area and gas holdup, as long as the dissolved
gas levels are not negligible the mass transfer is not chemically
enhanced. The effect of the chemical reaction on the process of
mass transfer is therefore only important at reaction rates
higher than can cause the dissolved gas levels to go to zero. At
such reaction rates, reaction begins to proceed to a significant
extent within the diffusion film, and at high enough reaction
rates the reaction is virtually complete within the film, no oxy-
gen being able to escape into the bulk. This is the fast reaction
regime.

Transition from slow to fast reaction regime

For this case, ¢; in the boundary condition of Eq. 4 is zero.
Since oxygen is available everywhere within the film, the step
function on the righthand side of Egs. 1 and 2 takes the value of
unity and the equations can be solved easily. Equation 2 is first
solved to get the variation of the concentration of products
within the diffusion film. This result is then substituted in Eq. 1
and the equation solved to get the concentration profile of oxy-
gen in the film. The profiles for the reaction products and oxy-
gen in the film are:

Cpx = cos [(x/8) V(M,/q)]
Cp cos V(Mx/q)

(6)

AIChE Journal January 1988

S _\_ . N N
o 1 (x/6)+oosm{l coslS\/(M,/q)

+ qM,
8M, cos® (M,/q)

. [I - 008[2% V(Ml/q)] - % {1 —cos2v(M,/q)]

- % {1 — cos v(M,/9)]

M,
- === {(x/8) [1 ~ (x/d)]} €))]
4 cos? V(M,/q) o/ /9]
where the dimensionless groups used are defined by
Dyc,. 2 kac,  Dkucy.
1= e M, -0 Dc*  kic*’
M, = & ko c} _ Dkec} ®)

Dc*  kic*
since k; = (D/8).

M, and M, compare the diffusion and reaction rates for the
two oxygen-consuming reactions, namely, the reaction of oxy-
gen with cyclohexane and the reaction of oxygen with the reac-
tion products, respectively. The diffusion-reaction parameter
VM for the overall reaction of oxygen can be defined as:

W — ‘/[20 (km cp + k02c;2v)/c‘] (9)

ky

From the concentration profile for oxygen, the absorption
flux can be determined as,

N Ddc,,
AT T ax

x=0

(10)
and the enhancement factor, which is the ratio of the rate of
mass transfer with chemical reaction to that without:

N,
E= et

an

can be written:
N q[1 — cos V(M,/q)]
cos V(M,/q)

+ gM,{1 - cos [2V(M,/q)]}
8M, cos’ V(M,/q)

E=1

M,
* 4 cos’ V(M,/q) (12)

At higher and higher reaction rates, more and more of the
oxygen absorbed is consumed by reaction within the film, and
the flux of oxygen into the bulk decreases, finally reaching zero
at the onset of the fast reaction regime. Since the flux of oxygen
into the bulk is proportional to its concentration gradient at x =
8, the condition at which the transition to the fast reaction
regime is complete can be written as:

dc,

e -0 13
o | (13)

-3
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which gives

q . 3
PRy D [J(M,/q) sin (M,/q) — | + cos V(M,/9)]

. M. 279 sin 2 VL) - 1
8M, cos? V(M,/q) ' '

+ cos [2 V(M,/9]} + (14

_ M
4 cos® V(M,/q) a

Fast reaction regime

If the reaction rate is higher than what is required to satisfy
Eq. 14, the oxygen is totally consumed within the film. In gener-
al, in the fast reaction regime only a part of the film, 0 s x = ),
contains oxygen and no oxygen can diffuse into the liquid
beyond x = \. The step function in the concentration of oxygen
on the righthand side of Eqgs. 1 and 2 means that in this case the
diffusion-reaction equations for oxygen and cyclohexane have to
be solved only in the region 0 = x = X and we have the following
at x = A:

(15)

and

In the rest of the film, that is, in the region A = x = §, while the
oxygen concentration is zero, the concentration of the products
satisfies the pure diffusion equation. The depth of penetration of
the gas, A, can be determined from the condition that the con-
centration gradient at this distance from the interface is zero.
This condition gives A as the solution to the equation

4co 20 (cpx/c )1 + (1/6)[sin 28 + (cos 26 — 1)/(26)]}

(¢n/c,) [sin 8 + (cos § — 1)/6] =

where

z=(N\/8) and 0 ==z+v(M/q) (16)
The concentration ¢, at x = A can be determined by equating
the diffusive flux of the products from the region of x = A:

12 1
E 1+ (z - 1) V(M;/q) tan 8 an

(2}

The concentration profiles of the reaction products and oxy-
gen are given by,
Region0 =x =)

S _ cos [(x/8) V(M,/q)] (18)
Cp, cos
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afer =1 = 2 MGl 15y VO D)
X qMZ(CP)‘/Cp)
-1 - 5(0080 - 1)] — —————8Ml o5’ 0

- {cos [(2x/3) VO, J) — 1 — ;’%(cos 2 — 1)}

M
(e (x/9) (1 - %) (19)
RegionA = x =4
/ z — (¢cp/cp)
= - x/8) = Ly —a (20)
¢, =0 21)
The enhancement factor is given by
M,/4 2 6 -1
E=(1/2) + EOLYID. g2y (g e) =021

)2 qM, (cos 26 — 1)

A Ny v el €L

Enhancement factors

The enhancement factor, as can be seen from Egs. 12 and 22,
is in general a function of the diffusion-reaction parameter VM,
the group g, and the ratio of the rates of the two oxygen-consum-
ing reactions, M,/M,. Computed values in the transition from
slow to fast reaction and in the fast reaction regime are shown in
Figure 7. The point of onset of the fast reaction regime is indi-
cated on the curves; at enhancements higher than 2-3, the reac-
tion is seen to be complete within the diffusion film. The higher
the value of VM, the higher is the effect of chemical reaction on
mass transfer.

At a given value of VM, the enhancement factors are higher
for smaller values of g and M,/M,. The parameter g is a mea-
sure of the ability of the reaction products to diffuse away from
the site of the reaction and keep the concentration gradients

Figure 7. Enhancement factors vs. M.
Values of M,/ M, are: —, O; ---, 2; -+ -+,
pletion of the transition to fast reaction.

5. Curve T shows the com-
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small within the film. The smaller the value of g, the steeper are
the concentration gradients within the film, and the higher con-
centration of the products within the film leads to higher
enhancement of the mass transfer because of the dependence of
oxygen consumption rate on product concentration. The effect
of the ratio of the rates of the secondary and primary processes
of oxygen consumption, M,/ M, can be interpreted as follows. A
low value of this ratio means that the primary reaction is much
faster than the secondary reactions, and since this is the reaction
that produces the autocatalytic products, a higher rate of this
reaction leads to higher enhancements. In the proposed mecha-
nism, the secondary reactions only convert the autocatalytic
products from one form to another and do not lead to a net
increase in their concentration.

Pseudozero-order reaction in the film

At very high values of g and/or M,/M,, the curves collapse
into 2 common asymptote. This represents the case of mass
transfer with pseudozero-order reaction. The approximate solu-
tion given by Hikita and Asai (1964) for a pseudo mth-order
reaction, namely

E M 23

" tanh VM 23)
agrees very well with the present solutions under these condi-
tions.

In a general problem of mass transfer with a (m, n)th order
reaction (mth order in the gas and nth order in the liquid phase
reactant), the pseudo mth-order case arises when the diffusion
of the liquid phase reactant is fast enough to keep its concentra-
tion gradient within the diffusion film down to negligible values.
In normal (i.e., nonautocatalytic) reactions this asymptote rep-
resents the maximum enhancement achievable at a given value
of VM. By contrast, in the present case, it is seen to represent the
minimum enhancement possible at a given v/M. This difference
is behavior between normal reactions and autocatalytic reac-
tions can be explained as follows. In normal reactions, if the lig-
uid phase reactant is unable to diffuse fast enough to maintain a
uniform concentration within the film, the concentration of this
reactant is less within the film than it is within the bulk, and
hence the reaction rate is less than it would be if the bulk con-
centration were to prevail. In the present case, however, such an
inability of the diffusion of the liquid phase species (which is the
totality of reaction products) to keep pace with the reaction
results in an accumulation of this species in the film, leading to
reaction rates higher than in the pseudozero-order case. Prod-
ucts are produced at higher rates in the film, and this leads to
more severe diffusion limitations. This snowballing effect ex-
plains the steep increase in the enhancement factor with /M at
small values of g. These results therefore confirm that autoca-
talysis can lead to mass transfer limitations that are more severe
than would be expected in normal reactions.

Equations for the case of pseudozero-order reaction, much
simpler in form than the equations derived earlier, can be
derived from the latter by making the approximation
Vv(M,/q) = 0. The transition to the fast reaction regime is com-
plete under these circumstances when

VM =2 (24)

AIChE Journal January 1988

and the enhancement factors are given, during the transition
from slow to fast reaction, by

E=1+M/4 (25)
and in the fast reaction regime by
E= M (26)

Comparison with Experimental Data

In Figure 8 the experimentally observed enhancement factors
have been plotted as a function of the parameter /M. The data
were obtained in the two gas-liquid contactors from the absorp-
tion rates after the dissolved oxygen from the liquid bulk was
reduced to zero. The data cover several temperatures and
diverse mass transfer conditions (as determined by the partial
pressures of oxygen used, stirrer speed, etc.). Because of the low
solubility of oxygen in cyclohexane at the conversions at which
these enhancements were observed, the values of ¢ are quite
high, even after accounting for the possible differences in diffu-
sivities between the reaction products and oxygen. (The correla-
tion for diffusion coefficients given by Sridhar and Potter
{1977] indicates that the diffusivity of cyclohexanone is about
2.5 times lower than that of oxygen in cyclohexane; with this
ratio, the lowest value of ¢ obtained was about 40, with most of
the values being well over 100). The value of the group M, /M,
was higher than 3-4 for these data. A reference to Figure 7
shows that the reaction can be considered to be pseudozero-
order under these conditions. The enhancement factors have
been calculated, assuming the gas phase to be well mixed, by
dividing the measured absorption rates by the saturation con-
centration of oxygen at the outlet partial pressure and the known
(physical) volumetric mass transfer coefficient. In the calcu-
lation of the factor v/M, the mass transfer coefficients and solu-
bilities of oxygen in pure cyclohexane have been used. Solubility
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Figure 8. Enhancement factors: theory and experiment.
Stirrer speed 16.6 RPS unless otherwise indicated
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measurements have indicated a negligible effect of conversion.
Determination of the volumetric mass transfer coefficient in
reacted liquid (conversion = 11-12%) from the measured
absorption rates and concentration driving force at 413 K yields
a value only 15% lower than the value expected in pure cyclo-
hexane. The rate constants used are taken from Suresh et al.
(1987b).

Consideration has been restricted to conversions of less than
about 12%, except in the case of the FIR, where the conversions
were artificially boosted by dosing with products to about 15%
to achieve v/M values of 0.73 (this was necessary because of the
higher mass transfer coefficients in the FIR). The data at higher
conversions gave enhancements that were lower than the experi-
mental curve shown.

It is noted that the STR data from a variety of conditions are
satisfactorily brought together in the plot. The scatter is no more
than is to be expected. However, the experimental data show
enhancements much higher than predicted by the film theory, as
seen by a comparison of the experimental curve with the pseudo-
zero-order asymptote plotted for comparison. The theoretical
curve is displaced from the experimental to the right by a factor
of 3 over the entire range of enhancements observed. Since the
kinetics have been shown to describe the experimental data in
the slow reaction regime quite satisfactorily and since the
kinetic rates affect the enhancements only to the extent of their
square root under the conditions of pseudozero-order reaction,
the reason for this discrepancy is unlikely to lie in the kinetics.

A plot of E vs. y/M has rarely been published in the literature
for a sparged and stirred reactor. The twin uncertainties of the
hydrodynamics on the one hand and the interfacial area on the
other make a test of the theories of mass transfer with chemical
reaction very difficult in the bubbling stirred-tank reactor. The
usual approach is to assume the theory to be valid and estimate
the interfacial area from the absorption rates in the fast reaction
regime. This constitutes the chemical method for the determina-
tion of interfacial area. In the present work, the E—- VM plot has
been constructed using the interfacial areas that follow from the
physical measurements of Sridhar and Potter (1980b). If the
interfacial area were to be estimated using the chemical method
from the present data, the extent of the discrepancy in Figure 7
indicates that the calculated areas will be about three times the
estimated physical areas. It is interesting to note that the inter-
facial areas measured by the chemical method are generally
higher than the physically measured areas, and the extent of the
discrepancy is about a factor of 2-3 (Sridhar and Potter, 1978).
Looked at this way, Figure 8 indicates a problem that has gener-
ally been experienced in the application of the theories of mass
transfer to the bubbling stirred tank.

Based on the above arguments, some differences might be
expected to emerge between the data from the sparged reactor
and the flat interface reactor. The data from the FIR, also
shown in Figure 8, show no enhancement in mass transfer up to
values of VM of about 0.73, as predicted by the theoretical
curve. Although it would be more conclusive to show genuine
enhancements such as are predicted by theory at large values of
VM, the conversions necessary to go to values of VM of 2 or
above (at which values the existence of the fast reaction regime
can be verified by showing an independence of the absorption
rates with respect to stirrer speed) are well above the conversion
range in which the kinetic model can be confidently used.

The complexity of the hydrodynamics in an STR, which
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results in fairly strong local variations in most parameters that
determine the absorption rate, has been recognized. It may be
argued that the hydrodynamics do not matter in the fast reac-
tion regime, since the reaction is completed so close to the inter-
face that the hydrodynamic parameter (for example, the film
thickness in the film theory) is of no importance (Astarita,
1967). While this may be true at large enhancements (when the
reaction is sufficiently fast in all parts of the reactor to proceed
in the fast reaction regime despite local variations in mass trans-
fer coefficients, interfacial areas, etc.), at small enhancements
such as have been observed in the present experiments it is possi-
ble for different regimes to exist in different parts of the contac-
tor. The overall absorption process under these conditions can
show a dependency on the hydrodynamics. Sridhar and Potter
(1978) attribute the differences they found in the interfacial
areas as measured by the physical and chemical methods to such
local variations.

In order to investigate the effects of a plug flow of gas, the
oxidation in the STR was simulated over the entire period of an
experiment, including that of enhancement. Plug flow of gas
was assumed, and the expressions for the absorption rate in the
various regimes for the case of pseudozero order were used. As
expected, the predictions did not differ much in the slow reac-
tion regime. At the high levels of depletion toward the end of the
slow reaction regime and beyond, the plug flow assumption pre-
dicted higher rates but did not predict an increase in the rates in
the manner seen in the experiment, the predicted rates again
leveling off once dissolved oxygen reached zero.

It might be recalled that even in the mass transfer studies
(Suresh et al., 1987a), the behavior of the bubbling reactor
could not be readily accounted for by theory, while the FIR
behaved quite according to expectations. One of the explana-
tions offered was that interactions between bubbles could lead to
an apparent lowering of mass transfer rates in physical absorp-
tion. If such interactions exist, their effect would diminish as the
effect of the reaction close to the interface begins to steepen con-
centration profiles, and an increase in the mass transfer rates
would be observed. It will be appreciated that the concentration
profiles of oxygen close to the interface would need to be modi-
fied by reaction before such an effect would be observed. A bub-
ble-based model of the STR that takes into account some forms
of interaction and a residence time distribution (RTD) in the
gas phase different from that of a well-mixed vessel are
obviously needed.

Mass transfer with chemical reaction from bubble
swarms in a stirred tank

Theories of interphase mass transfer are usually concerned
with local phenomena at any position in the gas-liquid contactor,
and a rigorous prediction of global transfer rates from these the-
ories, in the face of strong local variations that exist in a contac-
tor of such complexity as the bubbling STR, requires a detailed
knowledge of the flow paths of the gas and liquid within the ves-
sel. The magnitude of the problem is enormous. Carpenter
(1986) discusses the work that has been aimed at a detailed
understanding of the hydrodynamics in the STR. Even approxi-
mate analyses of this nature require the use of a digital com-
puter, and the commonly used numerical schemes often run into
difficulties in such computations. A less ambitious approach
would be to develop simplified models for the transfer process
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from the bubbles, and attempt to address the questions of gas
phase mixing and interaction between bubbles in at least an
approximate manner.

A model s presented in this paper which assumes a residence
time distribution for the gas bubbles that is in approximate
agreement with experimental data. Expressions for the case of
mass transfer with a first-order chemical reaction are developed,
which can easily be simplified to treat physical mass transfer.
An approximate treatment of the case of zero-order reaction in
the liquid is presented and compared with the experimental data
on the oxidation of cyclohexane.

Gal-Or and Resnick (1964) pioneered a bubble-based treat-
ment of the STR. By using the (physically measurable) resi-
dence time in the gas phase in place of the (largely conceptual)
surface life of liquid elements in the traditional penetration-type
approaches, their work enables transfer rates in the contactor to
be calculated directly from first principles. The bubbles were
assumed not to mix during the course of their journey through
the contactor. These authors assumed all bubbles to have the
same residence time in the contactor and to transfer the solute
by a process of unsteady state transfer to the surrounding liquid,
which stayed with the bubbles throughout their journey through
the contactor.

The two assumptions, namely that the bubbles do not inter-
mix in their entire journey through the contactor and that the
liquid element to which a bubble transfers its solute is not
replaced during this period, should be regarded as unrealistic,
the latter in spite of the fact that the experimental mass transfer
coefficients in the system oxygen-cyclohexane in this work do
indicate a reduction in surface renewal frequencies at high tem-
peratures.

The model to be discussed is similar in approach to that of
Gal-Or and Resnick (1964), but some of the assumptions are
modified to better accord with experimental observations. The
gas bubbles are assumed to be spherical and all of the same size.
Gal-Or and Hoelscher (1966) have investigated the effect of
imposing a bubble-size distribution on models of the type pro-
posed by Gal-Or and Resnick (1964) and show that little error
results by replacing the variable bubble radius by the Sauter
mean bubble radius. The gas-liquid interfacial area and the gas
holdup are assumed to be uniform everywhere within the vessel
at their vessel-average values.

The first assumption different from those of Gal-Or et al.
(1964) is that the stirrer contactor is assumed to be made up of
two zones in series. The liquid concentration is the same in both
the zones, in accordance with the experimental evidence that
suggests the liquid to be well mixed under most circumstances.
The second assumption that differs from those of Gal-Or et al. is
that the ages of the gas bubbles in each zone are distributed as in
a perfectly well mixed vessel. Further, the gas from the bubbles
leaving the first zone is completely mixed in the impeller zone
and redispersed as fresh bubbles at the well-mixed concentra-
tion. This mixing-redispersion process is assumed to be instanta-
neous. Thus the gas that enters the contactor as bubbles initially
circulates in the first zone, then is recycled to the impeller zone
where the contents of the bubbles are mixed and redistributed,
the new bubbles circulating in the second zone before leaving
the vessel. The existence of two mixing zones in a sparged and
stirred vessel, one above the impeller and one below, has been
commented on by several workers (Hanhart et al., 1963; Mann,
1986), and indeed can be observed when the liquid circulation
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caused by the agitator is strong enough to disperse the gas
throughout the vessel (Mann, 1986). The studies of Hanhart et
al. showed a residence time distribution in the gas phase inter-
mediate between what is expected of a single well-mixed vessel
and two well-mixed vessels in series, and the studies of Gal-Or
and Resnick (1966) showed it to be similar to the RTD of two
well-mixed vessels in series with a small fraction of the gas mov-
ing in plug flow.

The mean residence time of the gas in each of the two well-
mixed zones is assumed to be the same, although the treatment
is easily extended to different residence times in the two zones.
Within each zone, the bubbles are assumed to retain their iden-
tity. Each bubble, on its formation, picks up a spherical shell of
liquid that remains with it throughout its life in the zone and
transfers solute to it by unsteady state diffusion. A first-order
reaction is assumed to be taking place in the liquid. The volume
of liquid available to each bubble is determined by the relative
volume of gas and liquid in the contactor. In other words, the
dispersion is looked upon as being made up of a number of
spherical model cells, each with a gas bubble at its center. Each
model cell is supposed to behave as a rigid body, and convective
diffusion effects are neglected.

The concentration profiles in the liquid surrounding a bubble
in a swarm must, in general, be considered to be influenced by
the presence of neighboring bubbles. This interaction is taken
into account in the present model by the finite volume of liquid
available to each bubble, and also by postulating that the diffu-
sive flux of the solute midway between two bubbles (i.e., at the
outer radius of the model cell) is zero.

Equilibrium is assumed to prevail at the interface and the
mass transfer resistance in the gas phase is assumed to be negli-
gible. Due to absorption, the partial pressure of the solute in a
gas bubble varies as it moves through the liquid, and there is a
consequent variation of the interfacial concentration in the lig-
uid. The gas is assumed to be lean in the solute so that the
change in the size of the bubble due to absorption can be
neglected. Considering the first zone, the variation of the inter-
facial concentration ¢* as a function of the age of the bubble, 7,
can be found by a material balance for the solute in the gas bub-
bles. Equating the decrease in the amount of solute in a bubble
in a differential time d7 to the amount tranferred into the liquid,
we get

dc* dc,
—=K*22 27
dT or re=ry ( )
where
K- (3H,,RTD) (28)
rp

The equations and the initial and boundary conditions for dif-
fusion and chemical reaction in spherical coordinates for the
model cell (because of symmetry only the radial variation of the
concentration needs to be considered) can now be written as

D 3 [ ,dc,\ dc,
——|r—l=—+% 29
r2ar (r ar) ar + G (29
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at 7=0, n=rsbh c,=¢
andat r=r, c,=c*=cF (30)
dc* dc,
at r=r, 7>0, ¢,=c* and E=K*E - €1))
d
at r=b, >0, =2_0 (32)
ar

where b is the outer radius of the model cell, r, is the bubble
radius,  is the radial distance from the center of the bubble, and
k is the first-order reaction rate constant. ¢, is the concentration
of the liquid into which the bubble is released and ¢} is the inter-
facial concentration at the instant the bubble is formed. ¢, is
assumed to be time-invariant in the time scale of bubble life-
time; in a batch reactor of the type used in the present studies,
this amounts to assuming a pseudosteady state in the liquid
phase. With the substitution

Z =c,r (33)

the equation and the initial and boundary conditions take the
form,

;4 4z
== = 34
D e kZ + P (34)
with
=0, rsrsb, Z-=cyr
r=ry, Z=Z}=ctr,
r=ry, >0, Z=Z*%=c}¥ry (35)
* *
az = K* 6_Z - z (36)
dr or |r-r, Iy
0z VA
= — === 37
g b’ T 0’ ar lreb b ( )
where
Z, = be,(b)

The instantaneous absorption flux from a bubble of age 7 is
given by

de D3z Dz *
Ny=—-D—=2 -—— 38
4 dr r=ry Iy ar r=ry rg ( )

Since at any time, the zone contains bubbles of all ages, the
average absorption flux in the zone can be calculated using the
distribution of bubble ages in the zone, as

N = f " N, f(r)dr (39)

Since the bubble ages in the zone are distributed as in a perfectly
mixed vessel, the distribution of internal bubble ages is given
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by,
f(@)dr = (1/7) exp (—t/r)dr (40)

Since, at any time, the zone contains bubbles of all ages, the
average where 7 is the mean residence time in the zone. With
this definition, it is seen that the average absorption flux is
simply related to the Laplace transform of the instantaneous
absorption flux, the Laplace parameter p being identified with
the reciprocal of the mean residence time.

The instantaneous absorption flux can be calculated, using
Eq. 38, as,

Ny =2 ! Hcr c‘} @1)

K*|1+ (pro /KW@l " p+ k
where
p=1/J
and
1
Ui(¢) = ﬁm (42)
(bg ~ 1) exp (~2ry8) — (bg + 1) exp (—2b9)
Vi) = s 1) oxp (“2rd) T (66 + D) oxp (—2b8) )
and
¢ = VI(p + K)/D] (44)

The partial pressure of the solute in the gas phase at the exit
of the zone is related to the interfacial concentration at equilib-
rium with it. The latter can be found by averaging the interfacial
concentrations in all the bubbles at the exit of the zone. Since
the distribution of exit ages in the well-mixed zone is again given
by Eq. 40, the average interfacial concentration at the exit of the
zone is given by

¢
cf = P + (¢ — ¢,
k+p

k + p)
, (prs/K*)
L+ (pry/K*) + oy (9)

(45)

The average absorption flux in zone 2 can be calculated in the
same manner as before, except that ¢} takes the place of c¥.
This is because the zones are identical except for the fact that
the partial pressure of the solute in the bubbles at the start of
zone 2 is the average partial pressure of the gas at the exit of
zone 1.

It should be noted that the calculation of the absorption rate
in the model requires the use of no fitted parameters. All the
model parameters are, or can be related to, known or measur-
able quantities in the contactor. Thus the outer radius of the
model b is related to the bubble radius r, and the gas holdup as
(ry/b)’ = He.

The absorption rate in the reactor per unit volume of the dis-
persion can be calculated from the absorption flux by multiply-
ing by the interfacial area per unit volume, which is again
related to the bubble radius and the gas holdup as

a = 3H(;/rb (47)

AIChE Journal



Zero-order Reaction

The oxidation of cyclohexane can be regarded as a zero-order
reaction in the region close to the gas-liquid interface, even when
the concentration of dissolved oxygen in the liquid bulk is quite
small. Since the model is to be evaluated on the basis of its pre-
dictions of the absorption rate in the oxidation of cyclohexane,
the case of a zero-order reaction is of immediate interest. Unfor-
tunately, the equations become complicated and difficult to
solve in this case. An approximate analysis, on the lines sug-
gested by Hikita and Asai (1964), is still possible, however.
Comparing the definition of the diffusion-reaction parameter M
used in the film theory analysis for a first-order reaction with
that for a zero-order reaction, we can define an equivalent first-
order reaction rate constant for a zero-order reaction as

ki, = 2r/c* (48)

where r is the reaction rate possible at the bulk concentration of
the liquid phase reactant and the interfacial concentration of the
gas. The zero-order reaction can now be treated as if it were a
first-order reaction with the rate constant defined in Eq. 48. In
the present case, however, even with this approximation Eq. 39
is difficult to solve, since it involves ¢* in the reaction rate term,
which is a function of bubble gas as given by Eq. 37. Therefore,
as a further simplification, c* in Eq. 48 is replaced by the aver-
age value at the exit of the zone, as given by Eq. 45, to define an
equivalent first-order rate constant for the zone

ko= 2rfc} (49)

where ¢} stands for the value of c* at the exit of the zone. For
the rate of reaction r, the zero-order rate expressions derived
previously (Suresh et al., 1987b) can be used.

Comparison of Theory with Experiment

In Figures 9-12 the absorption rates measured during typical
oxidation experiments in the temperature range 413-433 K
under different mass transfer conditions are compared with the
rates predicted by the model. The model has been used to predict
both the physical and the chemical absorption rates. The rates
for physical absorption are easily predicted from the equations
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Figure 9. Model predictions and experimental results at
413 K.

Po=0.43bar;r, = 0.965 x 10 m; Hg = 11%
Mean residence time of gas in reactor = 1.82 s
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Figure 10. Model predictions and experimental results at
423 K.

P, =0.36bar;r, =091 x 107> m; H; = 13%
Mean residence time of gas in reactor = 2 s

derived for chemical absorption by using a rate constant of zero.
In the calculation of chemical absorption rates, since the rate
constant applicable to each zone is dependent on the concentra-
tion of the gas that leaves the zone, an iterative procedure is
required. Using a trial value (which can be the concentration of
the gas at the inlet), successive approximations can be calcu-
lated using Eq. 45 and the convergence is rapid. The predictions
have been performed using the experimentally determined dis-
solved oxygen and product concentrations (the curve drawn
through the experimental dissolved oxygen concentrations,
which was used in these calculations, is also shown in the fig-
ures). The bubble diameter and gas holdup required for the cal-
culations using the model have been estimiated using the correla-
tions of Sridhar and Potter (1980a).

In the region where free oxygen is available in the liquid, the
absorption rates predicted by the model agree very well with the
experimental absorption rates. The agreement is particularly
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Figure 11. Model predictions and experimental resuits at

430 K.

p,=0.87bar;r, = 1.01 x 10~  m; H; = 21.6%
Mean residence time of gas in reactor = 1.54 s
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Figure 12. Model predictions and experimental resuits at

433 K.
Po=0.7Tbar;r, = 1 x 1073 m; Hg = 21%
Mean residence time of gas in reactor = 1.51 s

good in Figures 11 and 12, which are cases of high gas holdup
and hence, possibly of higher interaction between bubbles than
the others. When dissolved oxygen levels are high, the model
predicts reaction to have very little effect on the absorption
rates, as seen by the fact that the chemical and physical absorp-
tion rates practically coincide in this case. Since dissolved oxy-
gen concentrations from the experiment are being used in the
model calculations, and since the model has no fitted parame-
ters, the predictions performed are equivalent to predicting the
average volumetric mass transfer coefficient for the entire reac-
tor from first principles. It is seen that the model is able to per-
form this function well.

When the reaction becomes fast enough to keep the dissolved
oxygen in the liquid bulk at negligible levels, it begins to have an
effect on mass transfer rates, as seen by the increase in the sepa-
ration between the physical and chemical curves in Figures 10—
12. Two of the cases considered, Figure 10 and Figure 12, were
experiments that produced enhanced mass transfer coefficients
after the dissolved oxygen concentration had decreased to zero.
In these cases the discrepancy between theoretical and experi-
mental absorption rates is seen to increase in the region where no
free oxygen is available in the liquid. However, because of the
effect of chemical reaction, the present theory predicts that the
absorption rate will continue to increase in this region, while the
film theory does not. Equivalent predictions in this region can be
made with the film theory (which, however, has to use the exper-
imentally measured mass transfer coefficients) using the equa-
tion,

kmol oxygen absorbed /s = q; — ¢X¥(G,/PrH,pp)
= EkLaC: VGL (50)

which assumes the gas phase to be well mixed. The film theory
under these conditions predicts E to be 1, and hence Eq. 50 pre-
dicts a constant ¢} and absorption rate at all times after dis-
solved oxygen goes to zero in Figures 11 and 12.

The superiority of the predictions of the present model to
those of the film theory in this instance is probably a combined
result of the low surface renewal frequencies assumed and the
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effects of interaction between bubbles, which have been ac-
counted for by the boundary condition Eq. 37 and the finite vol-
ume of liquid available to each bubble. The approximate calcu-
lations performed showed that the effects of interaction between
bubbles cannot be neglected at the experimentally observed
holdups, at the penetration depths possible, because of the low
surface renewal rates and high diffusivities. A contributing fac-
tor to the increase in the discrepancy between theory and experi-
ment in the region of negligible dissolved oxygen could be the
formation of the frothy layer in the experiment at these conver-
sions, which makes bubble diameters and gas holdup more
uncertain in this region; the phenomena responsible for the froth
could also have an indirect effect on the residence time distribu-
tion of the gas bubbles.

Conclusions

The oxidation of cyclohexane, with its kinetic features, has
been analyzed in the framework of the film theory of mass trans-
fer with chemical reaction. The theoretical computations show
that in such cases of autocatalytic, consecutive reactions, the
enhancement factors can be much larger than in the case of non-
autocatalytic reactions. The ease with which the products can
diffuse away from the site of the reaction and the relative rates
of the primary and secondary reactions have a profound
influence on the enhancement factors. One would expect the
same factors to influence the selectivity to the intermediates as
well. Since the diffusion-reaction parameter varies inversely as
the partial pressure of oxygen, and since the partial pressures of
oxygen in industrial reactors are maintained low in the interest
of safety, the existence of mass transfer limitations, and hence
the possibility of the selectivities being adversely affected,
should be seriously considered in the industrial context.

While the concentrations of oxygen and of the products in the
present case suggest that the concentration profile of the prod-
ucts within the film can be considered flat, the experimentally
observed enhancements in the sparged and stirred reactor are
much higher than those predicted by the film theory for such
conditions. Closer inspection suggests that such discrepancies
are a result of the complexity of the contactor rather than of the
reaction. The discrepancies observed between physically mea-
sured and chemically determined interfacial areas in literature
studies on such contactors, and the agreement between theory
and experiment observed in this work in the case of the flat
interface reactor, lend some substance to this viewpoint. It may
be recalled that the two types of gas-liquid contactors used
exhibited substantial differences even in the physical mass
transfer studies.

It is generally agreed that the various theories of mass trans-
fer predict the effect of chemical reaction on mass transfer to be
similar, in spite of differences in the physical picture on which
they are based, provided a consistent definition of the mass
transfer coefficient is used to treat the cases of physical and
chemical mass transfer. This is often assumed to hold true even
in mass transfer from bubble swarms, where effects of interac-
tion between bubbles might be important. However, it is seen
from the resuits of the present work that while the film theory is
unable to account for the observed increase in mass transfer
rates due to chemical reaction, a theory that accounts for the
effects of interactions on mass transfer from bubbles in an
approximate manner is able to predict, at least qualitatively, this
increase. The theory is also able to predict quantitatively the
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physical mass transfer coefficient from first principles, a fact
that lends some support to the grounds on which the model is
based. While still probably a grossly oversimplified picture of
the mechanically stirred, sparged vessel, the model offers the
advantage of considerable mathematical simplicity. The model
should be tested more extensively, against other experimental
data, to establish the conditions of its validity, but preliminary
comparisons with the data on the oxidation of cyclohexane are
encouraging and suggest that the phenomenon of interaction
between bubbles is not negligible in stirred vessels when the
holdup is high and/or the penetration depths are large.

Notation

a - interfacial area per unit volume of dispersion, m/?m’
b = outer radius of cell model, m

Cp = co]ncentration of dissolved gas (or oxygen) in bulk liquid, kmoi/
m

¢, = concentration of dissolved gas (or oxygen) at any distance from
interface, kmol /m®

¢* = concentration of dissolved gas (or oxygen) at interface (equilib-
rium value), kmol/m?

c* = value of ¢* at partial pressure at contactor outlet, if all oxygen
entering the reactor were to leave without any being absorbed,
kmol/m’

D = molecular diffusivity of gaseous solute in liquid phase (in partic-
ular, of oxygen in cyclohexane), m?/s

D, = diffusivity of reaction products in medium of oxidizing cyclohex-
ane, m*/s

E = enhancement factor

f(r) = distribution of internal bubble ages in a well-mixed zone

G, = total molar flow rate of gases at outlet of contactor, kmol/s

H = Henry’s law coefficient, mol frac/bar

H' = Henry’s law coefficient, kmol/(m’ - bar)

H¢ = gas holdup

k = first-order reaction rate constant, s~
kq, = rate constant in expression for cyclohexane conversion rate, s~
o2 = overall rate constant, m*/(s - kmol)
k, = physical mass transfer coefficient, m « s~
k;a = volumetric mass transfer coefficient, physical, defined per unit
dispersion volume, s~
K* = property group, Eq. 28, m . s~

m = reaction order of a general gas-liquid reaction with respect to
gaseous reactant

M = diffusion-reaction parameter, defined for zero-order kinetics of
cyclohexane oxidation

M, = diffusion-reaction parameter defined for reaction between cyclo-
hexane and oxygen

M, = diffusion-reaction parameter defined for reaction between reac-
tion products and oxygen

n = reaction order of a general gas-liquid reaction with respect to lig-
uid phase reactant

N, = diffusion flux, kmol/{m” . s)

N, = average diffusion flux in zone 1, kmol/{m? - s)
p = Laplace parameter, identified with reciprocal of mean residence
time in a well-mixed zone, s~!

Py = reactor pressure, bar

q = dimensionless group D,c,/DC*
q; = molar flow rate of oxygen into reactor, kmol/s
r = radial distance from center of a bubble, m
r, = Sauter mean bubble radius, m
o = Tate of reaction of oxygen in liquid bulk, kmol/(m* . s)
Vg, = dispersion volume, m*
x = distance in liquid from gas-liquid interface, measured along nor-
mal to interface, m
z = nondimensional penetration depth in fast reaction regime = x/6

Z = c,r, transformed variable for concentration of dissolved gas,
kmol/m?

Z, = b - c,(b), value of Z at outer radius of mode! cell, kmol/m?

il

1

1

1
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Greek letters

8 = film thickness, m

0=2zV(M/q)

)\ = penetration depth in fast reaction regime, m
p,, = molar density of liquid, kmol/m*

7 = bubble age, s

¢ =V(p+ k)/VD,m™'
¥, = dimensionless variable, Eq. 33
¥, = dimensioniess variable, Eq. 32

Subscripts
0 = oxygen
p = product

x = value at a distance x from gas-liquid interface
1 = first-order kinetics in oxygen

0 = initial value

\ = value at a distance A from gas-liquid interface
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